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Abstract

Numerical simulations have been carried out for the transient formation of Taylor bubbles in a nozzle/tube co-flow arrangement by solving
the unsteady, incompressible Navier—Stokes equations. A level set method was used to track the two-phase interface. The calculated bubble size,
shape, liquid film thickness, bubble length, drift velocity, pressure drop and flow fields of Taylor flow agree well with the literature data. For a given
nozzle/tube configuration, the formation of Taylor bubbles is found to be mainly dependent on the relative magnitude of gas and liquid superficial
velocity. However, even under the same liquid and gas superficial velocities, the change of nozzle geometry alone can drastically change the size
of Taylor bubbles and the pressure drop behavior inside a given capillary. This indicates that the widely used flow pattern map presented in terms

of liquid and gas superficial velocities is not unique.
© 2008 Elsevier Masson SAS. All rights reserved.
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1. Introduction

Taylor flow is a dominant flow pattern in capillary tubes for
small to medium gas and liquid superficial velocities, which
is a special case of slug flow where the bullet-shaped (Taylor)
bubbles are separated by liquid slugs with no gas entrained. It
has been shown that the hydrodynamics of Taylor flow allows
a good heat and mass transfer between bubbles and slugs and
between bubbles and channel wall [1]. Therefore, the study of
Taylor flow in capillary tubes is of great interest, particularly in
the areas of microfluidics and microreactors.

The steady-state propagation of a semi-infinite air finger (or
long air bubble) in a viscous fluid in a 2D channel (Brether-
ton’s problem) has been intensively studied. For small Reynolds
numbers, the system behavior is governed by a balance between
viscous and capillary forces. The inertia was usually assumed
to be of minor importance. The liquid film formed between the
bubble and the channel wall has a uniform thickness (§) which
is given by Bretherton [2] as

8/D, = 0.66Ca*? 1)
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where, D; is the tube diameter and Ca is the capillary number.
Eq. (1) is applicable for Ca <« 1. For a larger Ca, Taylor’s ex-
perimental data [3] was generally used for comparison. It has
been shown that a constant liquid film also exists for cases of
finite Reynolds numbers [4]. Due to the presence of liquid film,
the bubble moves faster than the liquid slug. Fairbrother and
Stubbs [5] suggested an empirical correlation for the relative
bubble drift velocity given by

(Up — Uy) /Uy = 1.0Ca'/? )
Bretherton’s solution [2] for small Ca is written
(Up — Uy) /Uy = 1.29(3Ca)*/3 (3)

Here Uj is the slug velocity. For vertical tubes, a correction was
introduced to Eq. (3) using a factor (1 £2/3Bo) for upward and
downward flows, respectively [2] (Bo = ,ogR,2 /o, is the Bond
number with R, representing the tube radius).

According to Taylor [3], for a relative drift velocity (the left-
hand side of Eq. (2)) greater than 0.5, a complete bypass flow
pattern is expected in front of the Taylor bubble, otherwise,
stagnant points would occur inside the bubble and/or slug. This
suggests a possible recirculation flow inside the slug. Several
numerical simulations [4,6,7] and PIV visualization [8] show
the existence of the recirculation flow inside the slugs. How-
ever, all these results, both from the numerical calculations and
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Nomenclature
Bo = pgR? /o, bond number
Ca = uUyp /o, capillary number
D diameter
Fr = U?/(gL), Froude number
g gravitational constant
h grid spacing
H Heaviside function
L reference length
t time
p pressure
(0] gas flow rate
R radius
R; inner radius of nozzle
R, outer radius of nozzle
Re = pLUL/uup, Reynolds number
u x-component velocity
U reference velocity
Usg superficial gas velocity
Ug superficial liquid velocity
w velocity vector

We =pr UZL/O', Weber number
Greek letters

8 liquid film thickness, delta function
1) level set function

K curvature

A slip length

" viscosity

0 contact angle

P density

o surface tension

Subscripts

ad advancing

b bubble

ct contact line

max maximum

re receding

s slug

t tube

the experiments, were obtained with a reference frame moving
at the bubble or slug velocity. It is not clear if and under which
conditions the recirculations inside the slugs exist.

Due to the changes in the flow field, there is a pressure drop
across the Taylor bubble. This pressure drop increases with the
Reynolds number [9]. Kreutzer et al. [6] experimentally studied
the pressure drop of Taylor flow in capillaries for Re >> 1. They
found that for a slug length less than 10 times the tube diam-
eter, the length-averaged friction factor increases dramatically
over the single phase value. They also simulated the Taylor flow
using a commercial CFD code for Re up to 900. The frictional
pressure drop increases significantly with Re. The numerical
calculations, however, under-predict the experimental friction
factor by a factor of 2.5 for Re > 50.

Traditionally, the adiabatic two-phase flows (including the
Taylor flows) are generated through a pre-mixer where the gas
and liquid are mixed before entering the main channels. Only a
few studies concern the formation of the Taylor flows in a co-
flow nozzle/tube arrangement, where the bubbles are formed
through a nozzle and the liquid is introduced through the annu-
lar channel between the nozzle and the tube [10,11]. Numeri-
cally, the Taylor flows are generally studied for the steady-state
conditions and for long bubbles. Most of the numerical studies
neglect the viscous and inertial effects of the gas phase (by as-
suming a constant gas pressure), and many do not consider the
gravity force, e.g., [4,6].

This paper concerns the numerical study on the transient
formation of Taylor bubbles in a capillary tube with the co-
flow arrangement mentioned above. For simulating highly de-
formable interfaces, the Eulerian interface-capturing methods
such as volume-of fluid (VOF) method and the level set meth-
ods are most suitable. The VOF method was used in [7] to study

the slug flow implemented in a commercial CFD package. The
VOF method is naturally mass-conservative, since the volume
fraction of a particular phase is tracked rather then the interface
position. However, this method requires a complicated geomet-
ric calculation procedure, e.g., using a piecewise linear interface
calculation (PLIC) algorithm, and it is thus difficult to extend
to complex and three-dimensional topological changes. In this
study, the level set method is adopted to track the two-phase in-
terface which was first introduced by Osher and Sethian [12]
and later extended to incompressible two-phase flow by Suss-
man and his co-workers [13,14]. The main advantage of the
level set method is its simplicity, since interface normals, curva-
ture and distance towards the interface can be expressed easily
in terms of the level set function. Furthermore, this method al-
lows for simulating multiphase flows with large jump in density
and viscosity across the interfaces. The mass loss (or gain) is
the main problem for the level set method in certain situations,
e.g., in studying free rising bubbles. In this study the rate of
mass loss is negligible (less than 1%) compared to imposed gas
flow rate, therefore it is not a least concern.

2. Numerical scheme
2.1. Level set method

In the level set method, a continuous function ¢ is introduced
over the whole computational domain. This level set function is
given the property of a distance function indicating the shortest
distance to the interface. Thus, the zero level set of the function
(¢ = 0) represents the interface. We take ¢ < 0 in the gas region
and ¢ > 0 in the liquid region. The advection of ¢ is given by
99

5, T Ve=0 4)
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where w is the velocity of the interface. The physical prop-
erties are assumed constant in each phase, they take different
values depending on the sign of ¢. To avoid a sudden jump of
the material properties across the interface, which can have a
substantial effect on the stability of the numerical scheme, we
define a smoothed Heaviside function [13]

0 ifp <—¢
H(¢) = 10-5[1 +¢/e —sin(mp/e)/m] if|p|<e (%)
1 ifgp>e

In the calculation ¢ = 3//2 is taken (4 is the grid spacing).
A smoothed material property y, e.g., density, viscosity, etc., is
then calculated by

v(@) =y H(@®) +yv(l — H(@)) (6)

It is known that under the evolution of Eq. (4), ¢ will not nec-
essarily remain a distance function. Therefore, the re-distance
techniques proposed by Sussman et al. [13,14] are used to main-
tain ¢ as a distance function without changing its zero level set.

2.2. Governing equations
We solve the unsteady, incompressible Navier—Stokes equa-

tions for laminar flows in a 2D axisymmetric coordinate system.
The non-dimensional governing equations are

V-w=0 (7)
W VP Vet g [V (VD)
Jat Jo Fr pRe

K8V¢_

+ V- (uvwhH] + F" ®)

pWe

Here the continuous surface force model [15] is used. & is a
delta function given by the relation VH = §V¢. The Navier—
Stokes equations are solved using the projection method of
Chorin [16]. In this method an intermediate velocity field w*
is first calculated which is generally not divergence free, then
the pressure at the next time level is calculated that ensures the
velocity field satisfies the continuity equation. The projection
step is given by

(W* —w")/At = F" )

Here F" represents the right-hand side of Eq. (8) which is
calculated explicitly at the time step n. With Eq. (9), the time-
discrete Navier—Stokes equations can be written as (the correc-
tion step)

"t —w*) /At +Vp"H /p(@" T =0 (10)

The pressure at the next time step (n 4 1) is found by tak-
ing the divergence of Eq. (10), and using Eq. (7), yielding the
pressure Poisson equation (PPE):

V- (VP o) = V- w /At (1D

The homogeneous Neumann boundary conditions are ob-
tained for the PPE by projecting Eq. (10) onto the outer unit
normal of the domain boundary and setting 17)}1 = 17);5'1 (I rep-
resents the boundary). After solving Eq. (11) for the new pres-
sure, the velocities at the new time step w”*! are calculated by

Eq. (10).
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Fig. 1. Calculation domain and boundaries.
2.3. Discretization

The finite difference scheme is applied on a 2D staggered
(MAC) grid system with uniform grid spacing h. The pres-
sure and level set functions are defined at the cell centers (i, j),
while the velocities are defined at the cell faces, i.e. u;y1,2,;
and v; j41,2. Therefore, the projection and correction equations
are solved on the cell faces and the pressure Poisson equation
is solved at the cell centers. The time derivatives in Eqgs. (4)
and (9) are approximated with a second order Adams—Bashford
scheme. A fifth order WENO scheme [17] is adopted for the
treatment of the convection terms in the momentum equations
(Eq. (8)) and the advection equation for the level set function
(Eq. (4)). The viscous and curvature terms are discretized using
central difference scheme. We employ a Bi-CGSTAB method
with ILU preconditioner for solving the PPE (Eq. (11)).

2.4. Initial and boundary conditions

The calculation domain is a half cylinder (Fig. 1), with
length at least 10 times greater than the tube radius. For the ve-
locity boundaries, symmetric conditions for the axis and no-slip
conditions for the right boundary (tube wall) are used. Out-flow
conditions are imposed at top boundary (tube outlet). In some
cases, we prescribe the Hagen—Poiseuille velocity profile at the
outlet with a mean velocity equal to inlet two-phase velocity.
As long as the outlet is sufficiently far away from the nearest
bubble interface the two kinds of outlet boundary conditions
essentially give the same results. For the bottom boundary, we
prescribe the fully developed tubular and annular velocity pro-
files for the gas inlet and liquid inlet, respectively. For the orifice
ring wall a no-penetration condition is imposed for the normal
velocity component and the Navier slip condition is used for
the tangential velocity component, i.e. ugjijp = —A(9u/3y)|wall-
Here, ugjp is the slip velocity on the wall and A is the slip length.
Typically A = 0.5A is used (% is the grid spacing).
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For the level set function, symmetric conditions are used for
the axis and the right boundaries and an interpolation scheme
is used for the bottom and top boundaries. The two veloc-
ity components are initially set to zero. The initial bubble is
set to be a hemisphere centered on the middle of the orifice
mouth, thus the initial level set function can be easily deter-
mined.

2.5. Contact line model

Special treatment of the contact line movement is needed
due to the hysteresis and the dynamic nature of the contact
angle. Generally, the apparent contact angle is linearly related
to the contact line velocity (u¢). In addition, the Navier slip
condition is applied on the wall. This kind of model has been
commonly used for macroscopic simulations [18,19]. In this
calculation, similar to the procedure given in [20], the instan-
taneous apparent contact angle 6 is set to vary linearly between
the prescribed receding angle ;. and the advancing angle 6,q
if the instantaneous contact line velocity u¢ is within a given
maximum, Fucmax- Beyond this range, the contact angle is
assigned by the value of 6,q or 6., depending on the sign of
contact line velocity, namely

Ore if Uee < —Uct,max
Uct+u °t, ma .
0 = { bre + (Baa — ere)ﬁ if luee] < Uct,max (12)
Oad if uer > Uct, max

At the inner rim of the orifice wall, the contact angle is al-
lowed to have any value between 6. and 180°. Physically, the
orifice edge is generally rounded (not in an ideal right angle),
the apparent angle can be up to a value of (90° 4 6,4). Numer-
ically, this condition does not allow the contact line to recede
into the orifice.

We found that the direct use of the above scheme imposes a
severe time step restriction and requires a high mesh resolution.
Furthermore, the relationship between the contact line velocity
and the contact angle prescribed by Eq. (12) could cause physi-
cally impossible behavior on the contact line, that is the contact
point can move backwards even when the contact line veloc-
ity is positive, or vice versa. Therefore, further restrictions are
imposed: when the contact line velocity is positive while the
contact point moves backwards, the contact position is set to
the same position as in the former time step, and the contact an-
gle is recalculated accordingly. The same procedure is used for
the opposite case.

In [21], we presented a stick-slip model, where the contact
line is set to move only when the contact angle exceeds the
range limited by the prescribed receding and advancing angles.
In fact, for the cases studied in this paper, the discrepancy in-
troduced by using different contact line models is negligible,
because the contact line tends to stick on or near the nozzle
mouth due to the small nozzle wall thickness and the liquid co-
flow [21].

3. Results and discussions

The calculation examples shown in this paper are all for the
co-flow tube/nozzle arrangement (Fig. 1), with a tube inner di-

ameter of 1 mm, a nozzle inner diameter of 0.34 mm and outer
diameter of 0.64 mm. In Section 3.4 the effects of nozzle ge-
ometry will be presented. The dispersed phase is air and the
continuous phase is octane (p = 703 kg/m?>, 1 = 0.00085 Pas,
o =0.02149 N/m). These geometries and working fluids are
chosen in order to compare with the experiments of Salman et
al. [11]. Air and octane are introduced into the channel with
constant flow rates and fully developed velocity profiles. These
conditions are also satisfied for the experiments in [11] where
the nozzle length is more than 300 times the nozzle inner diam-
eter.

3.1. Numerical verifications

The contact line model can strongly influence the predicted
bubble departure size for bubble formation in a quiescent lig-
uid [21]. Based on the model given in Section 2.5, the con-
tact line movement is directly affected by the advancing an-
gle 6,4, the receding angle 6, the maximum contact line ve-
locity uctmax, and indirectly by the slip length A, grid spac-
ing h and time step interval. The effects of these parameters
on the bubble formation are shown in Table 1. It turns out
that, for bubble formation in a co-flowing liquid, the contact
line movement has little effect on bubble formation. From Ta-
ble 1, even if these parameters vary dramatically, the maximum
variation of the calculated bubble departure diameter is less
than 1%.

For the following calculations, we use a grid spacing of
1/60 mm. The time step interval is determined according to
CFL conditions, normally 1 to 2 ps. The advancing contact an-
gle is set to 90 degrees, and the receding angle is 40 degrees,
according to the photo shown in [11]. We take a maximum con-
tact line velocity, uct,max = 0.2 m/s based on the experiments
in [22]. The slip length A = 0.5# is used. The vertical length of
the domain is at least 10 times the horizontal length.

The calculated bubble formation time and departure diam-
eter are compared with the experimental data from [11] (only
available for the low velocity range), as shown in Fig. 2. The
agreement between calculations and experiments is excellent.
The calculated bubble shapes also agree well with the photos
shown in [11].

Table 1
Summary of numerical dependency study (physical domain size 0.5 X

2.5 mm?)

h Time step 0ad/6re A Uct, max Dy, Deviation
(mm)  (us) (deg.) (m/s) (mm) (%)
1/60 15 90/40 0.5k 0.2 1.1781 0
1/40 1.5 90/40  0.5h 0.2 1.1756  —0.21
1/80 1.5 90/40 0.5k 0.2 1.1771  —0.08
1/60 0.75 90/40 0.5k 0.2 1.1785 0.03
1/60 1.5 80/50  0.5h 0.2 1.1752  —0.25
1/60 1.5 70/60 0.5k 0.2 1.1690 —0.77
1/60 1.5 90/40 0.1k 0.2 1.1778  —0.03
1/60 1.5 90/40  2.0h 0.2 1.1784 0.03
1/60 1.5 90/40  0.5h 0.05 1.1803 0.19
1/60 1.5 90/40  0.5h 0.5 1.1729 —0.44
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Fig. 2. Comparison between calculated and experimental bubble formation time
and departure diameter for air/octane system.

3.2. Bubble departure diameter under liquid co-flow

Under liquid co-flow, the contact line behavior is strongly
influenced by the co-flow velocity and the gas inflow velocity.
The increase of the liquid co-flow velocity reduces the max-
imum contact radius of the growing bubble. Surprisingly, at
relatively high gas inflow velocity, the maximum contact ra-
dius also becomes smaller. For example, for a liquid superficial
velocity (Ug)) of 118 mm/s, with increasing gas superficial ve-
locity (Usg) from 25 to 140 mm/s, the maximum contact radius
decreases from 0.297 to 0.223 mm. In an infinite liquid pool, the
increase of the maximum contact radius leads to a substantial
increase of the bubble departure size. However, for Taylor bub-
ble formation inside capillaries, the maximum contact radius
has no clear effect on the departure diameter. This is because the
necking process does not take place between the free expanding
bubble front and the contact line, rather the main Taylor bubble
body is reshaped by the tube wall.

The bubble departure size in capillaries under liquid co-flow
mainly depends on the liquid and gas superficial velocities. The
departure diameter increases with increasing gas superficial ve-
locity and decreasing liquid superficial velocity. This can be
roughly seen in Fig. 3 where the calculated flow patterns are
shown for a liquid superficial velocity ranging from 0.005 to
0.3 m/s and a gas superficial velocity from 0.01 to 0.2 m/s. Due
to the strong capillary effects, it is well known that the flow pat-
terns in small channels are different from those in the big ones.
Non-Taylor bubbles (with a bubble length L; smaller than the
tube diameter D;) occur at low gas superficial velocities and

20 @ """""""""" e

Non-Taylor
| Bubble
250 —
O @ -
200
o SEEEIN0
£ L
_§, 150 - Taylor Bubble
. : @ q
100 [ °

Usl=0.27Usg (Salman et al. 2006)

Al

e
E A
@ |.-A i'
| N
LA A
Taylor-Pairing
\_ 140 200

Fig. 3. Flow patterns and boundary of Taylor-pairing.

high liquid superficial velocities. The length of Taylor bubbles
increases quickly with increasing gas velocity and decreasing
liquid velocity. The bubble front and rear shapes change with
the Reynolds number (defined based on the two-phase veloc-
ity Uy = Uy + Usg). At low Re, both the bubble front and rear
shapes show a hemispherical cap shape. With increasing Re,
the radius of the curvature at the bubble tip becomes smaller
and the rear cap becomes flattened.

The long Taylor bubbles at the bottom-right corner of Fig. 3
are formed by doubling (Taylor-pairing), where a growing bub-
ble on the nozzle merges with the Taylor bubble in front of
it. The boundary for Taylor-pairing to occur is given as Ug <
0.27Usg based on the experimental data in [11]. This bound-
ary is not accurate according to our calculations, as shown in
Fig. 3. The calculated boundary is actually non-linear. In fact,
the experimental range for Ug was only up to 35 mm/s, and
there were not enough data points to generate an exact bound-
ary [11].

The process of Taylor-pairing is shown in Fig. 4 for Uy =
23 mm/s and Usg = 140 mm/s. The second bubble which
merges with the first one is much smaller. The merged bubble
does not detach immediately, rather it keeps growing for about
7 ms before the detachment. The shape oscillation at the bottom
of the bubble does not travel to the front of the Taylor bubble.

The bubble departure diameter decreases exponentially with
the ratio of liquid and gas superficial velocities, as shown in
Fig. 5. Taylor-pairing occurs for Uy / Usg < 0.32 within our cal-
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Fig. 4. Process of Taylor-pairing in front of the nozzle.
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Fig. 5. Calculated bubble departure diameters vs. ratio of liquid and gas super-
ficial velocities.

culation range. A fit of the calculated data (not including the
Taylor bubbles after merger) gives

In(Dp/D;) =0.1363 — 0.167 In(Uy / Usg) (13)

Note that, Eq. (13) is obtained using the calculated data for one
channel size only and it does not take into account the effects
of physical properties.

3.3. Some properties of Taylor bubbles

Typically, a Taylor bubble is characterized by a sharp front
nose and a relatively flattened bottom. The liquid film formed
between the bubble and the wall is uniform at the middle part
and the film thickness increases continuously towards the front
nose while it shows somewhat wavy behavior towards the bot-
tom (Fig. 6). Fig. 7 shows the thickness of the constant lig-

:,79‘.

[3

|
i

Fig. 6. Shape of a single Taylor bubble.
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Fig. 7. Thickness of liquid film vs. capillary number.

uid film vs. the capillary number. The Bretherton’s correlation
(Eq. (1)) is also plotted in the figure. Note, that for the data
shown in this study, the bubble length is generally smaller than
3 times the tube diameter. This may be the reason for the dif-
ference between the numerical calculations and Bretherton’s
predictions.

For a known bubble equivalent diameter, we can roughly cal-
culate the bubble length L; by assuming that the both end caps
of the bubble have a radius equal to (D, — 25)/2 (refer Fig. 6),
ie.

2 2
Ly/D; = §<Db/Dz>3 +(1=28/D) = 31 = 28/Dy)°  (14)

The Bretherton’s correlation (Eq. (1)) can be used to calcu-
late §/ D;. Fig. 8 shows the calculated bubble length against the
bubble diameter. Eq. (13) is used for comparison with the cal-
culated bubble length. The maximum film thickness within the
calculation range is §/D; < 0.06. Therefore, we plot Eq. (14)
for two extreme cases, i.e. §/D; = 0 and 6/D; = 0.06. It can
be seen that Eq. (14) can accurately predict the length of Taylor
bubbles when Lj/D; is larger than 2. For shorter bubbles, the
length is underestimated since the mean liquid film thickness is
higher than that given by the Bretherton’s correlation.

The drift velocity of Taylor bubbles (U, — Us) is much
smaller than that for the non-Taylor bubbles, as shown in Fig. 9
in terms of the velocity ratio Up/ U, vs. Us. The calculations
are compared with the experimental data of Kreutzer et al. [6]
for an air/decane system in a capillary of 2.3 mm inner di-
ameter. The physical properties of decane (p = 730 kg/m?>,
w =0.000924 Pas, 0 = 0.024 N/m) are very similar to those of
octane. The predictions of Fairbrother and Stubbs [5] (Eq. (2))
and Bretherton [2] (Eq. (3) with a factor (1 + 2/3Bo) for grav-
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Fig. 9. Bubble rise velocity against two-phase velocity.

ity effect) are also shown in the figure. For Egs. (2) and (3), we
use the calculated bubble velocity for Ca, thus these two cor-
relations are plotted as discrete data points. Eq. (3) (including
the effects of the buoyancy force) predicts the upper limit of our
calculations, and Eq. (2) gives the lower limit of the calculation
data.

Other properties of Taylor bubbles such as flow recirculation
and pressure drop will be discussed in the next section, since the
calculations shown so far are for a relatively short calculation
domain with y/x ranges from 10 to 12, and thus the flow field
of the Taylor flow may not be fully developed.

3.4. Effects of nozzle geometry

In the previous sections, calculation results for a single noz-
zle geometry were presented. In this section, we will study the
effects of nozzle geometry on the bubble formation for two
given sets of liquid and gas superficial velocities, i.e. Uy =
Usg = 100 mm/s and Uy = 50 mm/s, Usg = 100 mm/s. The
tube inner diameter is kept unchanged (1 mm). The calculation
domain now has a height/width ratio y/x = 20. The other pa-
rameters follow the same bench data given in Section 3.1.
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Fig. 10. Effects of nozzle geometry on bubble departure diameter and bubble
length.

Fig. 10 shows the calculated bubble diameter (Dj) and bub-
ble length (L) for different nozzle inner radii R; with the same
nozzle wall thickness of 0.05 mm. For Uy = Usg = 100 mm/s,
the bubble diameter and thus the bubble length increase with
increasing R; from 0.15 to 0.35 mm, thereafter they remain al-
most constant. The maximum change in the bubble length is up
to 44%. For Uy = 50 mm/s and Usg = 100 mm/s, both Dy, and
L}, increase with R;. The maximum change in the bubble length
is up to 70%.

The above results indicate that, under the same liquid and gas
superficial velocities, the size of Taylor bubbles inside a given
capillary can vary distinctly for different bubble generation de-
vices. Therefore, the widely used flow pattern map presented in
terms of liquid and gas superficial velocities (e.g., Fig. 3) is not
unique. In other words, for a given set of Uy and Usg, differ-
ent flow patterns can occur inside the same channel. This may
be the reason that the experimental flow patterns are difficult to
predict, since they are device dependent.

The change of the bubble length is interrelated to the change
of the flow field, particularly, the change in the pressure drop
behavior. The presence of bubbles in the liquid alters the ve-
locity profiles and thus increases the heat and mass transfer be-
tween the liquid and wall, however, with a penalty of a pressure
drop increment. The velocity field of a Taylor flow is shown in
Fig. 11 with (a) for the absolute velocities, and (b) for the rela-
tive velocities. From Fig. 11(a), recirculation occurs only at the
lower part of the bubble in the near-wall region. No recircula-
tion can be seen inside the liquid slug. However, with Uy taken
as the reference velocity (Fig. 11(b)), recirculations can be seen
all along the channel with an alternative change of circulation
direction as discussed in [9]. Several authors directly linked the
heat and mass transfer enhancement to the recirculations within
the liquid slugs, e.g., [23].

The change in pressure along the channel axis is shown in
Fig. 12. The bubbles have a higher pressure than the ambient
liquid slugs due to the Laplace pressure. There is a significant
pressure drop across each bubble. The liquid pressure near the
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Fig. 11. (a) Absolute velocity field; (b) Velocity field with Uy as reference ve-
locity (Ug = Usg = 100 mm/s).

bubble interface is altered to deviate from the Hagen—Poiseuille
law. The overall pressure drop of the Taylor flow is higher than
the laminar single-phase flow of liquid with a velocity of Uy
(solid line in Fig. 12) or U (dashed line in Fig. 12).

The friction factor for the Taylor flow is calculated as

Cr=[(Ap/Lyot — p1gL]/[(0.50U) 4/ D) fi] 5)

Here, (Ap/ L) is the total pressure drop over a tube length
of L. This term is calculated over a length of two neighbor-
ing bubble/slug units. B; is the dynamic liquid hold-up which
can be calculated by L;/(Ls + Lp) [6]. The results in terms
of CsRe against the non-dimensional slug length are shown in
Fig. 13. These results are compared with the experimental cor-
relation given in [6] which was validated for a non-dimensional
slug length (Lg/Dy) larger than about 2. From Fig. 13 we see
a strong increase of the friction factor over the laminar single-
phase flow (CyRe = 16). With decreasing slug length (or in-
creasing bubble length in this example), the friction factor in-
creases quickly. Therefore, the use of different nozzles can lead
to a change not only in the flow patterns but also in the pressure
drop behavior. For practical applications, to maximize the gas—
liquid interfacial area for a given gas/liquid flow rate, the nozzle
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Fig. 12. Pressure along the tube axis (same conditions as those for Fig. 11).
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Fig. 13. Friction factor vs. slug length.

size should be small which produces small bubbles, however
the pressure drop per channel length is high. For the purpose of
reducing the pressure drop, the larger nozzle is preferred, from
which longer bubbles are generated.

4. Conclusions

Numerical simulations have been carried out for the transient
formation of Taylor bubbles in a nozzle/tube co-flow arrange-
ment. The calculated bubble diameters agree quite well with
the experimental data. The Taylor bubble formation in a liquid
co-flow is found to be weakly dependent on the contact line
dynamics which is not the case for bubble formation in a quies-
cent liquid. The bubble size can be well correlated to the ratio
of liquid and gas superficial velocities. The calculated bubble
shape, liquid film thickness, bubble length, drift velocity, pres-
sure drop and flow fields of Taylor flow all agree reasonably
well with the literature data.

It was also shown numerically that under the same liquid
and gas superficial velocities, the size of Taylor bubbles inside
a given capillary, and thus the pressure drop behavior can vary
strongly for different bubble generation devices. Therefore, the
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widely used flow pattern map presented in terms of liquid and
gas superficial velocities is not unique and insufficient.
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